ABSTRACT: New integrated schemes combining membrane permeation and pressure swing adsorption (PSA) have been developed for gas separation. By using the membrane as a pre-bulk separation unit and coupling it to the intrinsically dynamic periodic operation of the PSA, the separation performance of the hybrid scheme is enhanced with respect to that of the two stand-alone units. Instead of constant-composition regular feed, the PSA is fed with a mixture which is progressively enriched in the more adsorbed component during the pressurization and high-pressure adsorption steps of the cycle. This results in sharper concentration fronts.
INTRODUCTION
Extensive efforts have been devoted to developing theories and industrial practices for gas separation by PSA and membrane permeation (Yang 1987; Ruthven et al. 1994; Karger and Ruthven 1992; Vu et al. 2003; Wind et al. 2004) . These two technologies are frequently considered as alternatives to the conventional cryogenic process. Their configurations have been widely studied in order either to minimize recompression work to reduce final operational costs, or to give a better re-use to some waste gases that are not usually recovered by conventional methods.
Membrane separation is generally unfavourable when a high-purity product is required and is usually considered to be more suitable for bulk separation. Often, membranes provide a moderately pure product at low cost that may be inexpensively upgraded by a subsequent process (Feng et al. 1998; Drioli and Romano 2001; Baker 2002) . This fact has motivated active research on the integration of membranes with other separation processes.
Cyclic adsorption processes are well-established separation methods in the chemical and petrochemical industries. Since the pioneering works of Skarstrom (1958) and Domine (1957, 1964) on the pressure swing adsorption (PSA) process, many schemes have been developed and commercialized in order to increase energy efficiency, improve product purity and enhance operation flexibility (Tondeur 1985) . Although there are some published works on hybrid membrane/PSA systems (Baker 1998; Baker and Kaaeid 2000; Baker et al. 2001; Sircar and Ho 1992) , truly synergistical concepts have only been proposed by Feng et al. (1998) , Esteves and Mota (2002 , 2003a ,b, 2004 , 2005 , 2007 and Esteves (2005) . An important conclusion drawn from these works is that membrane permeation can be an effective aid in the pressurization and high-pressure adsorption steps of a typical PSA process.
The results also indicate the feasibility of incorporating membrane permeation into the blowdown step of the PSA cycle, so that the pressure difference available from the PSA can be used for operating the membrane. Therefore, a complete understanding of integrated processes for gas separation and their commercial availability has not yet been fully realized.
This paper describes novel gas separation processes coupling PSA and membrane permeation. In particular, the performance of one of the proposed hybrid schemes for CO 2 /N 2 separation is analyzed for different operating conditions, both experimentally and by process simulations. It is shown that the integrated steps of the hybrid system sharpen the composition wave fronts inside the adsorbent bed, giving rise to a decrease in band broadening and higher product purity, thus enhancing the overall process performance with respect to that of the stand-alone units.
PROCESS DESCRIPTION
In our integrated processes the operating pressure of the PSA unit is used as the driving force for permeation, which assists the pressurization (PR) and adsorption (HPA) steps of the PSA process. To fully explore the synergy between both units for a wide range of separation scenarios, two cases have been considered (Figure 1 ):
• Case A, in which the more permeable component is the least adsorbed.
• Case B, in which the more permeable component is the more adsorbed. 694 I.A.A.C. Esteves and J.P.B. Mota/Adsorption Science & Technology Vol. 25 No. 9 2007 The notation is as follows: PR, pressurization; HPA, high-pressure adsorption; 1 and 2 correspond to the 1st and 2nd step stages, respectively. The product from the HPA step is enriched in the less adsorbed species (A).
Case B is presented here as a method suitable for CO 2 /N 2 and CH 4 /CO 2 separations, whereas case A has been successfully applied elsewhere for H 2 /CH 4 and CH 4 /CO 2 separations (Esteves and Mota 2002 , 2003a , 2007 Esteves 2005) . In both processes, instead of a regular binary feed mixture of A (least adsorbed) and B (more strongly adsorbed), the PSA is fed with a mixture which is progressively enriched in the more adsorbed component during the pressurization and high-pressure adsorption steps of the PSA cycle. Permeate and residue streams are fed to the PSA at different steps of the cycle. A brief process description of each hybrid scheme developed is given next.
In case A, the residue stream is sent directly to the PSA, whereas the permeate stream is stored in an intermediate tank before being sent to the adsorbent unit. The cycle starts with the incomplete pressurization (PR 1 ) of one of the PSA beds, using the gas stored in the tank which is enriched in the least adsorbed species A. The gas stored in the tank corresponds to a permeate stream that was obtained during the previous high-pressure adsorption (HPA) step operating on the other PSA bed. In step PR 1 , valve V 1 is kept open while valves V 2 and V 3 stay closed until pressure equalization between the tank and the bed is established. Then, the tank outlet is closed by shutting V 1 . To complete the pressurization step (PR 2 ), valve V 3 is opened and the bed is pressurized with regular feed gas, which is less rich in species A than the permeate stream employed in step PR 1 . During PR 2 , the membrane behaves essentially as an empty tube, since both permeate and residue sides are at the feed pressure P H . Thus, during this step, the residue stream has essentially the same composition as the regular feed.
The cycle then follows with the HPA step that is initiated by opening valve V 2 , while feeding the PSA with the residue stream from the membrane at a prescribed flow rate. The residue is enriched in the strongly adsorbed component B, while permeate is stored in the tank to be employed in the next cycle. During HPA, the residue pressure is kept constant at the high-pressure value P H , whereas the permeate pressure increases with time due to gas build-up in the tank. This happens first through fast equalization between the tank and the permeate side of the membrane and then slowly as more gas is driven through the membrane, while both the permeate side of the membrane and the tank together build up pressure at the same rate. The two pressurization steps, PR 1 and PR 2 , as well as the HPA step, are illustrated schematically in Figure 2 (Esteves and Mota 2007) .
Ultimately, the PSA cycle proceeds with the following steps: co-current blowdown (HBB) to recover the residual amount of A, which was pushed to the end of the bed during HPA; counter-current blowdown (LBD) and purge (LPG) to recover species B and to regenerate the bed for the next cycle. During these steps the membrane is operating with the other bed in order to provide continuity of flow. Although each bed is operated in batch mode, the system as a whole is a continuous one that is operated in cyclic steady state (CSS). The membrane module behaves similarly because of its coupling to the PSA cycle. Figure 2 . Schematic illustration of the integrated cycle for scheme A: P 1 is the intermediate pressure in the tank after permeation at the end of the HPA step; P 2 represents the equalization pressure at the end of step PR 1 . Downward and upward arrows indicate decreasing and increasing pressure changes, respectively. Hybrid process B is applicable when the more strongly adsorbed species is also the more permeable one. In this scheme, the pressures on both sides of the membrane are kept constant during permeation. Although the residue stream is sent directly to the PSA, the permeate stream is temporarily stored and can either be used to complete the pressurization step or be sent directly to the bed during the adsorption step. This depends on the range of total feed amount admitted per cycle. For a more comprehensive understanding of this process, a schematic diagram of its cyclic operating principle is given in Figure 3 .
The membrane is fed with the binary mixture and a pre-separation is performed by sequentially pressurizing the PSA bed with the residue stream followed by the collected permeate. As in scheme A, the PSA cycle comprises the sequential steps of pressurization, high-pressure adsorption, co-and counter-current blowdowns, possibly followed by a purge step with part of the adsorption product or/and an evacuation at sub-atmospheric pressure.
The integrated cycle starts with a permeation step with the high-pressure side of the membrane at P 1 = P H and the low-pressure side at P 2 = P m . Here, P m is an intermediate pressure that must be appropriately selected for each separation because, unlike in process A, the gas coming from the permeate must be re-pressurized to feed the HPA step. Simultaneously, a first pressurization stage (PR 1 ) takes place with the residue effluent stream from the membrane enriched in A, until pressure equalization between the membrane and the bed is established. Subsequently, two situations can occur:
• If the pressure in the bed is lower then the adsorption pressure, P H , there is insufficient residue to complete the pressurization step (case B.1), and the bed is pressurized with permeate gas enriched in the more strongly adsorbed species B (step PR 2 ). After PR 2 , the membrane is no longer operational for this PSA bed. The HPA step (HPA 2 ) is initiated by feeding the PSA with the rest of the permeate obtained from the membrane at a prescribed flow rate. During this stage the permeate pressure is kept constant at P H .
• If the adsorption pressure is attained during permeation and there is residue left from the membrane (case B.2), the cycle proceeds with an HPA step (HPA 1 ) using that stream enriched in species A. After HPA 1 , the membrane is no longer operational for this bed. The bed pressure is kept at P H and the high-pressure adsorption step is then completed using the permeate enriched in component B (HPA 2 ).
The PSA cycle proceeds with co-and counter-current blowdowns, as in case A in which the bed is depressurized co-currently to the feed from P H to an intermediate pressure P m and then to P L counter-currently to the feed. Finally, a low-pressure purge (LPG) at P L with HPA product may occur to recover species B and to regenerate the bed for the next cycle. It is worth mentioning that scheme B requires a pressurization of the permeate to P H , prior to being fed to the bed, which increases the power consumption of the system. In this case, performance enhancement has to be evaluated against other potential system costs. 
THEORETICAL MODEL
For brevity of presentation, we do not reproduce in full detail the model equations and parametric analysis for each scheme developed (Esteves 2005) . Instead, we highlight some of the more representative results that demonstrate the hybrid concept and its enhancements relative to the more conventional units.
The governing equations for hybrid process B are summarized in Table 1 ; the dimensions of the laboratory-scale PSA unit parameters, adsorbent properties, membrane properties and main process simulation parameters are listed in Table 2; Tables 3 and 4 list the boundary conditions. Variables with no subscript refer to gas in the interparticle void space of the packed bed, subscript 'p' denotes adsorbent properties, 'f' denotes feed conditions, and subscripts 'm' and 's' refer to the permeate and residue sides of the membrane, respectively. Symbol v h denotes the inlet gas velocity in the HPA step, v g stands for the purge gas velocity, and y ig represents the mole fraction composition of the purge gas which is taken as the average value of the product composition obtained during the final fraction of the HPA step; t PR is the time required to complete the pressurization step; A mem is the permeation area; L m is the membrane length; and A m L m and A s L m are the volumes of the permeate and residue sides of the membrane, respectively. The quantity F m is used as a scaling parameter for the membrane that represents A mem in dimensionless form by establishing a ratio between a hypothetical molar flow of a pure stream of species A through the membrane unit, when the pressure differential is P H , P L , and F HPA is the molar flow through the PSA unit during the HPA step. The reader is referred to the Notation section below for definitions of the other symbols given in Tables 1-4. To simplify the computational model, the following assumptions have been made: ideal gas behaviour, counter-current flow with negligible pressure change and temperature gradients in the membrane; constant component permeances; a non-isothermal and variable-velocity axially dispersed plug-flow model with negligible pressure loss inside the PSA bed; mass transfer inside the adsorbent particles governed by a pore-and surface-diffusion model (Yang and Doong 1986) ; thermal equilibrium between the fluid and the particles. Constant physical properties are also assumed for the adsorbates. The integrated model is implemented and solved in gPROMS, which is an established software package for the modelling and simulation of lumped-and distributedparameter process models with combined discrete and continuous characteristics (Barton and Pantelides 1994; Oh and Pantelides 1996) .
The PR step continues until the bed pressure reaches P H or until the amount of permeate is depleted. The PG step stops when the inlet condition imposed by both v g and the purge amount is satisfied. Note that the simulation code automatically detects when the feed amount admitted per cycle is insufficient to pressurize the bed up to P H , and gives an error message.
The pressurization of the PSA bed with residue (PR 1 ) and permeate streams (PR 2 ) is assumed to be governed by non-linear pressure dynamics dependent on the feed velocity profile imposed. During the two blowdown (CD and BD) steps, the pressure follows a decaying curve determined experimentally, which can be defined as:
( 1) with t Ruthven et al. (1994) ; Sladek et al. (1974); Funazkri and Wakao (1978) ; Haller et al. (1973) ; For the membrane unit, the initial conditions (t = 0) are:
As far as the PSA unit is concerned, modelling starts with the column filled with the inert or weakly adsorbed component at P L and a feed temperature of T f . Experimentally, this was ensured by a constant volumetric feed flow of the inert or less adsorbable component at the beginning of the runs. The initial conditions, at t = 0, are: The performance of the hybrid process is measured in terms of product purity (Pur) and recovery (Rec), which are defined as follows: (6)
Both purities and recoveries are volume-averaged quantities, since the composition and effluent flow rates from the PSA bed vary with time. The purge amount is defined as the amount of high-pressure product A used to purge the bed in the purge step,
EXPERIMENTAL
The adsorbent employed in the experiments is a coal-based, high-activity (109% CTC), extruded carbon (2 mm diameter pellets) courtesy of Sutcliffe Speakman Carbons Ltd. (U.K.). The pore structure of the carbon was characterized via nitrogen adsorption at 77 K and mercury porosimetry at room temperature (Esteves et al. 2008) . A few structural parameters for this carbon are listed in Table 2 . The adsorption equilibria measurements of N 2 and CO 2 on activated carbon were performed using a standard static gravimetric method with real-time acquisition of temperature, pressure and weight of the adsorbent sample. The data for N 2 were obtained at 288.2 K, 310.5 K and 323.4 K, whereas those for CO 2 were taken at 299.1 K, 310.2 K and 319.2 K. The experimental data for the given adsorbates revealed no hysteresis and no significant irreversible loss of carbon capacity upon application of mildly heated vacuum conditions. Further details of these measurements are reported elsewhere (Esteves 2005; Esteves et al. 2008) .
The Sips isotherm extended to multi-component adsorption was employed to fit the experimental equilibrium data (Table 2) . This model has a Langmuirian form when applied to non-uniform surfaces and has been used extensively to model gas adsorption on microporous adsorbents and PSA systems (Yang 1987; Ruthven et al. 1994) . In order to determine the isotherm parameters for each adsorbate, the experimental adsorption data were fitted using a Matlab script file (isofit2.m) written by Do (1994) . This file allows the optimal parameters to be obtained for various adsorption isotherm models, by fitting them simultaneously with data obtained at multiple temperatures. A global isotherm was obtained for each species as illustrated in Figure 4 . As expected, the adsorption isotherms exhibit a monotonically concave shape and are type 1 according to the IUPAC classification.
The PSA unit used was built in-house, being a single-column set-up operated automatically. The column itself consists of a variable-length stainless steel (SS) cylinder, the axial position of the temperature sensors located on the inside being adjustable and dependent on the bed length considered. A ca. 30-40 mm height of SS solid spheres, a 2 mm SS perforated plate and a thin cotton film acting as a filter were placed at both ends of the column. This procedure ensured a suitable gas distribution through the adsorbent bed and avoided the loss of adsorbent particles. The column was sealed by Teflon rings. The unit is equipped with platinum Pt100 temperature probes coupled with digital controllers, with temperature maintenance achieved via shielded electrical cables wound around the main section of the apparatus. The feed line is equipped with two mass-flow controllers (0-10, 0-5 or 0-0.1 slpm in N 2 , ±1% full scale accuracy); the outlet line has a back-pressure regulator (3-16 bar of controlled pressure with 0.5% accuracy); and in-line there is also a pressure transducer with a linear response of 0-35 bar and ±0.04% full scale accuracy. Several solenoid electric valves ensure the unit operation. Composition analysis is performed by mass spectrometry (MS). All gases used were provided by Air Liquide, Portugal. The system is automated and controlled by Labview software.
A five-step PSA cycle was developed for the separation of CO 2 /N 2 mixtures: pressurization (PR) with feed, high-pressure adsorption (HPA), co-current blowdown (HBD), counter-current Table 2 . The symbols represent experimental data while the lines depict the isotherm model. blowdown (LBD) and low-pressure purge (LPG). The N 2 product was obtained during HPA and HBD, while CO 2 was produced during LBD and LPG. The PSA model was validated against experimental runs and subsequently employed to study process performance in terms of product purity and recovery. Temperature, gas-and adsorbed-phase concentration profiles, and velocity profiles along the PSA bed were analyzed, as well as the dynamic behaviour histories of these variables during the PSA cycle and until the periodic steady-state was attained (Esteves and Mota 2007) . In order to confirm the enhanced performance of the hybrid process, a CO 2 /N 2 separation using the hybrid scheme was modelled employing the same conditions as used in the experimental runs.
A typical cellulose acetate membrane with a selectivity of 12-15 under normal operating conditions was employed in the studies reported. This type of membrane is now being slowly replaced by polyimide-and polyaramide-type membranes with selectivities of 20-25 (Baker 2002; Sircar and Ho 1992) . For the particular separation reported here, the experimental permeation studies for CO 2 and N 2 were performed in a composite PES/PI (polyethersulphone Sumikaexcel/ polyimide Matrimid 5218) hollow-fibre membrane (Kapantaidakis et al. 1996 (Kapantaidakis et al. , 2002 . The single-component permeances were measured using a standard variable-pressure method and the binary ratios converted into the corresponding ideal selectivities. A specified feed pressure was applied to the shell-side, whereas the permeate side was initially under vacuum. Permeation rates were calculated from the pressure increase as a function of time in a calibrated volume placed on the permeate side of the membrane. Permeation ceased when the pressures on both sides of the membrane were equal. The main physical properties of the membrane are listed in Table 2 .
RESULTS AND DISCUSSION

Breakthrough and blowdown experiments
Several breakthrough experiments followed by complete desorption were performed to determine the adsorption kinetics, dispersion effects and heat transfer. In each experiment, the column response at the outlet was analyzed after a step change in the composition of the feed mixture. Once the column was saturated, it was purged with inert carrier until complete desorption was attained.
The adopted formulation for adsorption kinetics is based on the lumped solid-diffusion version of the linear-driving-force (LDF) model (see Table 1 ), comprising Knudsen and surface-diffusion mechanisms. This model is discussed below. The temperature-independent parameters intervening in the LDF coefficients were determined by fitting several breakthrough and blowdown experiments obtained under diluted conditions where the column behaved isothermally. Once the LDF coefficients were established, the wall heat-transfer coefficient, h w , was determined from non-isothermal experiments obtained at higher adsorbate concentrations.
The binary mixtures studied were CO 2 /He, N 2 /He and CO 2 /N 2 . Several flow rates ranging from 0.84 slpm to 5.05 slpm (STP: 273 K, 1 atm), pressures of 5 and 10 bar, and temperatures of 299, 309 and 319 K (± 1 K) were employed. Seven feed compositions were tested: 0.7, 6, 14, 30, 50, 70 and 80 v/v% while the reproducibility was assessed by repeating some of the experimental runs. The flow rates were sufficiently high to assume negligible fllm mass-transfer resistance. Figure 5 gives a typical example of a fitted breakthrough curve and its comparison with the experimental measurements. The data depicted were obtained at a high CO 2 loading; under these circumstances, the temperature effects in the bed due to CO 2 adsorption/desorption could not be neglected. It can be seen that the model gives a reasonable description of the breakthrough curve, as well as of the subsequent desorption curve. An average value of 63.2 W/(m 2 K) was obtained for the wall heat-transfer coefficient.
As stated above, the formulation adopted for adsorption kinetics was based on the lumped solid-diffusion version of the LDF model (see Table 1 ), comprising Knudsen and surface-diffusion mechanisms. With this assumption, the LDF coefficient, k i , can be expressed as: (10) where ε p , r p and τ p are, respectively, the porosity, radius and tortuosity of the adsorbent particle, and: are the Knudsen (m 2 /s) and surface-diffusion coefficients; here, r µ (Å) is the average pore radius, M iw (g/mol) is the molecular weight of the adsorbate, T (K) is the system temperature and E i is the activation energy for surface diffusion.
For modelling purposes, the value of k i for N 2 was determined assuming that, as a first approximation, surface diffusion is the predominant contribution to the LDF coefficient. This assumption turned out to be correct as will be shown below. Sladek et al. (1974) have developed a general correlation for estimating the surface diffusivity based on the isosteric heat of adsorption and on the type of adsorbent-adsorbate interaction. Using this correlation, the diffusivity ratio D N 2 /D CO 2 was estimated and employed to determine the LDF coefficient for N 2 from the experimental LDF coefficient for CO 2 at the same temperature, i.e. k N 2 = k CO 2 D N 2 /D CO 2 . Table 5 and Figure 6 show the results obtained using this approximation and illustrate the temperature dependence of the diffusion coefficients. Table 6 shows the Knudsen and surface-diffusion contributions to the LDF coefficient obtained for CO 2 and N 2 . The Knudsen contribution [i.e. the second term on the right-hand side of The DCO 2 values were determined by fitting the LDF model to CO 2 /He breakthrough and blowdown experiments under dilute CO 2 concentration (0.7 v/v%); the DN 2 values were determined from the diffusivity ratio, DN 2 /CO 2 , estimated by the correlation of Sladek et al. (1974) .
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1.E-05 equation (10)], is easily determined from the slope of the adsorption isotherm if reasonable estimates of τ p and r µ are known; the surface contribution, k iS , is obtained by difference from equation (10). It is clearly seen that the predominant contribution to intraparticle diffusion results from the surface diffusivity term.
PSA versus hybrid process
A typical experimental PSA cycle of ca. 14 min was implemented for CO 2 /N 2 separation. The periodic cycle comprised five steps: (1) PR up to P H = 6 bar; (2) HPA at P H ; (3) HBD down to P m = 3.2 bar; (4) LBD down to P L = 0.3 bar; (5) and LPG at P L . During HPA and HBD, N 2 product is obtained, while during LBD and LPG, CO 2 is produced. In order to confirm the enhancement in performance of the hybrid process, this system was modelled both as a conventional PSA process and as an equivalent hybrid unit under exactly the same experimental operating conditions. Both models required ca. 11 cycles to attain the CSS regime. This suggests that adding the membrane module does not slow down the convergence to cyclic steady state. In general, for the stand-alone process and depending on the feed composition and amount of feed admitted per cycle, the CO 2 purities and recoveries were in the ranges 54-92% and 83-99%, respectively; for N 2 , the purities and recoveries were 51-99% and 66-69%, respectively. Figure 7 shows an illustrative comparison between the predicted and the experimental pressure and CO 2 effluent composition histories obtained for a typical PSA run at CSS. The good agreement between the experimental and simulated results strongly supports our stand-alone PSA model.
In order to validate the hybrid concept, two experimental runs, one for the standalone PSA (run A) and another for the integrated process (run B), were performed for CO 2 /N 2 separation. Figure 8 shows both the experimental and predicted pressure, CO 2 gas-phase composition and temperature histories at CSS for the two illustrative runs. The simulated results successfully reproduce the experimental temporal profiles obtained, predicting the cyclic behaviour of both processes. The on-line gas composition profile at column inlet was replicated experimentally by the simulated outlet streams of the membrane module. In addition to on-line monitoring of the outlet gas composition, the experimental set-up used two mass-flow controllers which fed the column with the two gases at variable flow rates. The two combined mass-flows simulated the time-varying stream that was obtained from the membrane when the hybrid process was operating under cyclic steady-state conditions. The two mass-flow rates were manipulated continuously so that the composition and mass-flow rate of the combined inlet stream were the same as those obtained for the hybrid membrane/PSA model. Table 7 gives a more detailed comparison of the modelling results between runs A and B performed at the experimental operating conditions employed. Instead of the regular 30:70 v/v% mixture fed to the PSA, a feed stream with only 16.5% CO 2 on average was initially fed to the PSA in the hybrid process. The PR step and the first stage of the HPA were performed with a feed stream enriched in the lighter component (N 2 ), which was the first to be withdrawn from the column as product. This first product was then obtained at higher purity in run B (94.1% versus 84.5%). The HPA 2 step now occurred with a feed stream enriched in the more adsorbed component, simultaneously with the recovery of high purity N 2 (91.7%). The HBD step produced a purer N 2 stream than that obtained in the stand-alone PSA process. Finally, the CO 2 product was collected in the LBD and LPG steps, at a higher average purity than for the integrated case. Depending on the membrane area available and the total amount fed into the system, the hybrid scheme (case B) enhanced the CO 2 purity and recovery up to 16% and 50%, respectively. For N 2 , the respective values were 14% and 5%. Obviously, these enhancements have to be balanced with the need to compress permeate in this case, before it is fed into the PSA unit. Figure 9 illustrates the comparison between runs A and B relative to the evolution of the CO 2 gas-phase composition during each step of the cycle, versus the axial distance z at cyclic steady 708 I.A.A.C. Esteves and J.P.B. Mota/Adsorption Science & Technology Vol. 25 No. 9 2007 Pressure, P (bar)
Temperature ( state. The stiffness of the composition wave fronts inside the bed during the HPA and HBD steps is notorious for the hybrid process. Although not shown here, the temperature profiles along the bed also followed the same trend.
In order to better understand the operation of the membrane during the PR 1 and HPA 2 steps of run B, Figure 10 shows the gas composition and velocity profiles on each side of the membrane, versus the axial distance z along a CSS cycle. During permeation, the residue is enriched in the least adsorbed component, while the permeate is enriched in the more strongly adsorbed component, i.e. the more permeable species.
CONCLUSIONS
A novel hybrid membrane/PSA system for binary bulk gas separations has been presented and experimentally validated. Two main different hybrid cyclic schemes have been considered. A thorough model-based study was performed to assess the effect of the most important operating parameters on the performance of the system. Using the different enriched streams from the membrane, the results show that the integrated steps sharpen the composition wave fronts inside the adsorbent bed, giving rise to a decrease in band broadening and higher product purity, thereby enhancing the final process performance. This is especially evident in the high feed throughput region (Esteves and Mota 2003b; Esteves et al. 2004; Esteves 2005) . A five-step PSA cycle was implemented experimentally. The performance of the PSA process was predicted by simulation over a large range of operating parameters and was compared with the hybrid process. The validity of the concept was demonstrated experimentally, with both experimental and simulated results predicting an enhancement factor for the integrated membrane/PSA process over the stand-alone PSA, especially in the high feed throughput region. For the examples shown, product purities and recoveries for the hybrid process were increased by 23% and 58% for CO 2 , and by 14% and 5% for N 2 , compared with an equivalent stand-alone PSA.
We have shown that a pre-established PSA process, already in operation, can be eventually coupled with membrane technology giving rise to enhanced product purity and recovery. Whether these enhancements are sufficiently high to overcome the energy and investment costs for a particular separation must be determined on a case-by-case basis, supported by modelling tools and cost analysis. 
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